
coalescence and redispersion of dilute 
aqueous dispersions in toluene in a 
stirred-tank system. A simple coales- 
cence model has been advanced for 
purposes of estimating the magnitude 
of the coalescence frequency. This 
model assumes a constant drop size in 
the system, a constant number of 
drops, and a constant coalescence fre- 
quency for a fixed set of experimental 
conditions. The coalescence frequency 
is defined as the fraction of all drops 
coalescing per unit time. The experi- 
mental results indicate that the coales- 
cence frequency varies as the 2.4 
power of the impeller speed and as 
the square root of the dispersed-phase 
volume. 
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NOT AT10 N X = initial ratio of hwo to inert 
= interfacial area per drop, sq. 

cm. 
= concentration of iodine in 

toluene at time t, g./cc. 
= initial concentration of io- 

dine in toluene, g./cc. 
= concentration of hypo in 

aqueous phase, g. Na,S,O, . 
FiH,O/cc. 

= initial concentration of hypo 
in aqueous phase, g. Na,S,O, 
* 5H,O/cc. 

= ionic strength of dispersed 
phase 

= mass transfer coefficient, 
cm./sec. 

= total number of drops of 
dispersed phase (= N , + N , )  

= number of drops containing 
hypo at time t 

= initial number of drops con- 
taining hypo 

= number of drops containing 
only inert solute at time t 

= time, sec. 
= impeller speed, rev./min. 
= total volume of dispersed 

phase, cc. 
= total volume of toluene 

(continuous) phase, cc. 

drops (=-) N:oL 
N - N , ,  

e = coalescence frequency, sec.d 
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Axial Solid Distribution in Gas-Solid 
Fluidized 

LIANG-TSENG FAN, CHAU JEN LEE, and RICHARD C. BAlLlE 
Kansas State University, Manhattan,  Kansas 

y-ray attenuation method was applied to determine the axial fluidizing bulk densitv orofile . .  
for an air-solid aggregative fluidized-bed. Except for beds fluidized a t  very high air velocities two 
distinct density zones were noted. The density of the bed in the lower portion of the column 
was relatively constant for a particular set of operating conditions and did not vary with bed 
height. The density in the top portion of the bed fell rapidly with bed height. 

The average density of the lower zone was correlated as a function of the operating variables. 
The density in the top zone was represented by a one-tail normal distribution curve. A somewhat 
better correlation was obtained by a two-parameter equation a t  high air velocities. The effects 
of operational variables, such as air velocity, static bed height, particle size, and particle-size 
distribution on these correlations were investigated. 

Friction-factor correlations based on two different definitions of bed height were also obtained. 

3. Morse and (I6) and Dot- 
Son ( 7 )  examined the uniformity of 
aggregative fluidization by measuring 
the variation of the electric capaci- 
tance between condenser Drobes. Later 

The major purpose of the present 
work was to investigate the axial dis- 
tribution of the fluidized bulk density 
in an aggregative fluidized bed by 
r-ray technique. 

During the past years the charac- 
teristics of aggregative fluidized beds 
were studied by several different ex- 
perimental methods. 

1. High speed photographic studies 
were made by Matheson et al. ( 1 3 ) ,  
Furukawa and Omae ( 9 ) ,  and by 
Massirnilla and Westwater (12). They 

Chau Jen Lee is at Oklahoma State University, 
Stillwater, Oklahoma. 

Vol. 8, No. 2 

Bakker and Heertjes (i) applied a 
took high-speed photographs of bub- similar technique to measure the point 
bles through transparent walls of porosity of fluidized beds. 
fluidized columns for gas-solid systems. 4. Yasui and Johanson (19) de- 

2. Shuster and Kisliak ( 1 8 )  studied vised a small light probe to study the 
the uniformity of aggregative fluidized frequency, thickness, and the rising 
beds by using diaphragm plates to speed of bubbles in aggregative fluid- 
measure pressure gradients. ized beds. 

TABLE 1. PARTICLE SIZE OF GLASS BEADS USED 

Mesh Particle range Average size 
40-45 U.S. mesh 0.00138-0.0164 in. 0.0153 in. 
80-100 U.S. mesh 0.0049-0.0070 in. 0.00642 in. 

0.00906 in. 60-70 US. mesh 0.0083-0.0098 in. 
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Fig. 1. Effect of air velocity upon the density 
profiles. 

5. The X-ray absorption technique 
made it possible for Grohse (10) to 
measure the over-all density of the 
aggregative fluidized bed without dis- 
turbing the bed. Baumgarten and Pig- 
ford (5 )  employed a y-ray absorption 
technique in the study of bubble size 
and bubble frequency in aggregative 
fluidized beds. Bailie, e t  al. (1, 2 )  
employed the y-ray technique to meas- 
ure instability of the aggregative fluid- 
ized beds. 

Some of these investigators have 
proposed mathematical or empirical 
models to fit their experimental data. 
None of these models has as yet been 
verified as acceptable and applicable 
to describe the nonuniform distribu- 
tion of solid particles in axial direction 
in aggregative fluidized beds. 

The fluidized bed density can be 
considered to be represented by a 
lower zone where there is a small 
change of density and the upper zone 
where the density falls rapidly with 
an increase in bed height. These 
zones are correlated as a function of 
the operating variables, air velocity, 
static bed height, particle size, and 
particle-size distribution. Friction-fac- 
tor correlations were obtained, based 
on two different definitions of bed 
height. 

EXPERIMENTAL 

Application of y-ray absorption tech- 
nique to a fluidized bed is based on the 
fact that y radiation from a radioactive 
source is attenuated by the bed depend- 
ing upon the local bed density. The at- 
tenuation is given by 

- I L w P  

be ( 1 )  
I 
10 

-= 

If b is known, the line average density in 
the fluidized bed can be measured for 
each axial position by measuring the radia- 
tion attenuation and coverting it to density 
by Equation (1). The buildup factor is a 
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Fig. 2. Effect of static bed height upon density 
profiles. 

function of several variables and could not 
be calculated with the desired accuracy. 
For this reason the buildup factor was de- 
termined experimentally against beds of 
known density. The equipment is described 
in detail in recent papers by Bailie, et al. 
( 1 , Z ) .  The same experimental arrangement 
and equipment was used in this investiga- 
tion except that a 30-sec. time constant was 
used for the rate meter. 

The particles used in this experiment 
were glass beads. To minimize error due 
to size distribution when narrow-cut 
particles were investigated, the glass beads 
were reclassified ( Table 1 ). 

RESULTS * 
General Observations 

Typical axial solid distribution profiles of 
a gas-solid fluidized bed are shown in 
Figures 1 and 2.  Similar profiles were ob- 
tained for all experimental runs for different 
static bed heights and under different air 
velocities and for mixed particles beds. 
Two distinct zones can be found in this 
typical distribution curve: in the range AB 
of Figure 1 the solid density changes slowly 
with bed height. After point B the solid 
density decreases sharply as the distance 
from the bottom of the bed increases. Each 
curve was graphically integrated in order to 
check the accuracy of measurement by 
means of a material balance. 

These typical density profiles show 
qualitatively the properties of gas-solid 
fluidized beds under the effect of several 
operational variables : 

Effect of Air Velocity 
Figure 1 shows the effect of air velocity 

upon the fluidized bulk-density profiles. It 
shows that the density in the lower density 
zone decreased with increasing air velocity, 
and the slope of the falling density zone 
becomes smaller as the air velocity in- 
creases. This was expected since more air 
was passing through the bed at higher air 
velocity, and therefore the bed was ex- 
panded. 

Figure 1 also indicates that this two- 
zone profile becomes less apparent as the 

* Tabular material has been deposited as docu- 
ment 7076 with the American Documentation In- 
stitute Photoduplication Service, Library of Con- 

ress kashington 25 D C and ma be obtained 
for $5.00 for photo&ts ‘br $ Z . ! d  for 35-mm. 
microfilm. 

air flow rate incseases. At flow rate over 
90 ft./niin. the line-average density falls 
from the bottom of the bed to the top layer 
of the fluidizing bed. In other words when 
the air velocity is low the constant density 
zone clearly exists, and the bed is closer to 
the ideally expanded k e d  bed ( 1  ). If the 
air velocity is high, the air which carries 
the particles becomes more turbulent and 
the particles are in more vigorous and 
randomized movement. Under these condi- 
tions of more random motion there is a 
more gradual and less sharp transition be- 
tween the density regions. 

Effect of Static Bed Height 
Figures 3 ( a  and b )  are the typical 

dimensionless axial density profiles, in 
which p/pPa is plotted against h/L,r. These 
graphs show that the static bed effect on 
the density profile is relatively small. The 
dimensionless density profiles for different 
static bed heights fluidizing at the same 
air velocity can be approximated by a 
single curve, especially at low velocity. The 
deviation from the common dimensionless 
density profile becomes more significant for 
the individual profile corresponding to the 
smallest bed height. 

The ratio of the static bed height to the 
column diameter instead of the static bed 
height itself is probably the significant 
variable affecting the bed expansion and 
the axial particle-distribution profile. This 
is probably due to the combination of 
entrance and wall effects. When the bed is 
shallow and the ratio is small, the air 
passing through could hardly have time to 
form well-shaped bubbles before it leaves 
the fluidizing bed. The two phases of 
fluidization for the shallow bed are there- 
fore not as pronounced as in the case of 
deep static bed. 

Effect of Particle Size and Bed Composition 
The effect of particle size and bed com- 

position were found to have definite effects 
on the axial particle distribution profiles. 
These results are consistent with the 
findings of Dotson ( 7 )  and Baumgarten 
and Pigford ( 5 ) .  

ANALYSIS OF DATA AND 
CORRELATIONS 

As mentioned in the previous sec- 
tion the axial-density profiles may be 
divided into a lower-density zone and 
a falling-density zero. The correlation 
of the density profile as a function of 
the operational variables will be ob- 
tained for the two zones separately. It 
may be considered ( 3 )  that the lower- 
density zone extends from the bottom 
of the bed to the position correspond- 
ing to the static bed height before 
fluidization, and the falling-density 
zone exists above the static bed height. 

Bed Density Correlation in the 
Lower-Density Zone 

The density in the lower-density 
zone is fairly constant. From the quali- 
tative observation made in the previ- 
ous section the air velocity is the 
major factor affecting the shape of the 
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Fig. 30. Dimensionless density profile a t  V = 30 ft./rnin. for 
various static bed heights. 

density profile, whereas the static bed 
height has little effect. Thus the den- 
sity in the constant-density zone can 
be correlated as a function of air vel- 
ocity and particle diameter. 

The average density of the lower- 
density zone (where the zone ranges 
from the bottom of the column to the 
position corresponding to the static 
bed height) can be obtained from 

The mass of the particles in the fall- 
ing density zone is 

M q  = M - Max 
It was indicated by Bakker et al. (3) 
that the volume of these particles sus- 
pended in the space above L,&, corre- 
sponds to the product of the volume 
of the gas bubbles appearing below 
L,, and the particle concentration in 
the prefluidized state. Thus 

If S' is the part of area A which is oc- 
cupied by the dense-phase emulsion, 
(S - S') is the area crossed by the 
bubbles. The superficial velocity of 
bubbles, as indicated by Baumgarten 
et al. ( 5 ) ,  is a function of bubble size 
and is daerent at each layer of the 
fluidized bed. They observed that the 
size of a bubble grows as it moves 
away from the distributor. To avoid 
this complexity one can assume that 
there is a mean bubble velocity 77, 
which is constant throughout the sec- 
tion below Lmf. One may then write 

G = Gb 4- Gm, 
Substituting G = VS into Equation 
(5) and rearranging one obtains 

(3) 

vOl.1 = ( 1 - Emf)VOlb (4 )  

( 5 )  

The volume occupied by bubbles be- 
low I,,, is 

Volb = Lmf (s - s') (7)  

LO 
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Fig. 3b. Dimensionless densitv Drofile a t  V = 90 ft./min. for various 

Substituting Equation (6) into Equa- 
tion (7) one gets 

The mass of particles in the falling- 
density zone becomes 
Ma1 = p e  VOL, = 

and the mass in the lower zone 
M.,  = 

p. (1 - Em,) s Lrnf (V - Vm,) 

(10) 

M -  
v b  - v m f  

When one substitutes Equation (10) 
into Equation (2) the average density 
for the lower-density zone becomes 

where 

- 
p d = p m l - C  ( v - v m , )  (11) 

Pmr C =  
(vb - v m , )  

and 
Pmr 

Pa 
- = 1 - Enif 

Since the average bubble velocity 
through the bed below Lob, has been 
assumed constant, C in Equation (11) 
is a constant and the average density 
in the constant-density zone has a 
linear relationship with the superficial 
air velocity. The data plotted on Fig- 
ure 4 confirm this linear relationship 
between G d  and (v - vm,) fairly well 
with the static bed height showing 
only a slight effect. 

Using the least squares method one 
can obtain the intercepts and slopes 
of the straight lines from the experi- 
mental data. The equations which re- 
late i d  with (v - v,,,,) for 3M glass 
beads used are as follows: 

(i) For 40- to 45-mesh glass beads: - 
p d  = 1.371 - 

0.00536 (v - v m f .  u) mesh) (12) 

static bed heights. 

(ii) For 80- to 100-mesh glass 
beads: 
- 
pd = 1.269 - 

0.00439 (v - v m r ,  80 mesh)  (13) 
(iii) For 60- to 70-mesh glass 

beads: 
- 
pd = 1.300- 

0.0057'7 (V - V m , ,  Bo mesh) (14) 
where id is in gram per cubic centi- 
meter. 

Bed-Density Correlation in the 
Falling-Density Zone 

The fluidized bulk density in the 
falling-density zone decreased as the 
height from the distributor increased. 
For the experimental runs at low air 
velocity the density distribution in this 
falling zone was approximately repre- 
qented by the one-tailed normal dis- 
tribution function, when one considers 
that the falling-density zone started 
at the location corresponding to the 
static bed height: 

The variance a' from all the runs at 
low air velocity were correlated as a 
function of the major variables of the 
operation and the beds as follows 
(Figure 5 ) :  

For the falling density zone distri- 
bution obtained from the bed fluidiz- 
ing at higher air velocity the axial- 
density profile became rather skewed. 
Therefore the two-parameter (or two- 
indices) correlation with the following 
form was also used: 

p/pp. = A. exp B (h/L,, - 1)' (17) 
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At a height corresponding to L,, 
(the position at prefluidized state) the 
fluidized bulk density is pd, which is 
obtained from the axial-density profile 
(Figure 3 ) .  Except for shallow beds 
it was approximately the same as L, 
the average density in the constant- 
density zone. The value of A, in 
Equation (17) is then equal to p b / p p o ,  
which was calculated for each condi- 
tion. 

Taking logarithms of both sides of 
Equation (17), one gets the following 
linear equation: 

Log (PIPP.) = log (PJPpo) + 
B (h/L,I - 1)2 = 

A + B (h /Lm,-  I)* (18) 

The relations developed above, 
Equations (15) and (18),  hold better 
for low than high gas velocities in all 
cases. The two-parameter fit of Equa- 
tion (18) however is a significant im- 
provement over the one-tailed normal 
distribution represented by Equation 
(15). Although the linear correlation 
of the dimensionless density to the 
dimensionless height was not as good 
for the runs fluidizing at higher air 
velocities as that at lower velocities, it 
was possible to obtain a best straight 
line by using the method of least 
squares. Thus the slope B and the 
intercept A = log (pd /pp . )  can be 
found for all sets of experimental data 
fluidizing at various conditions. 

The index B converges to a single 
value as the air velocity increases. 
This indicates that, at high air veloc- 
ity, the particles carried up by the 
air bubbles are uniformly dispersed in 
the falling-density zone. No matter 
what the original static bed height, 
the value of index B is the same if it 
is fluidized at high air velocity. The 
effect of the static bed height on ag- 
gregative fluidization is pronounced 
only at low air velocity close to the 
minimum velocity of fluidization. The 
plot of index B vs. the particle size 
shows that the particle size affects the 
state of aggregative fluidization only 
at lower air velocities. In other words 

the particles are distributed in a simi- 
lar manner over the falling-density 
zone (at high air velocity), no matter 
what size of particles make up the 
bed. 

The value of A, which is actually 
the logarithm of the ratio of fluidized 
bulk density at  the position of the 
static bed height to the bulk density of 
the same particles in their packed 
state, was correlated in a similar way 
as for index B.  In all cases the effect 
of static bed height on the index A 
was significant when L,,/D, < 1. 
When this ratio was greater than one, 
the fluidized bed expansion was al- 
most the same for all static bed heights 
fluidizing at the same air velocity. For 
the 80- to 100-mesh glass beads the 
index A correlation with air velocity 
converges to one curve for all static 
bed height, even when L,,/D,.  is less 
than one. This indicates that when the 
particles size is small, the entrance 
effect has little effect on index A. 

Index B and index A (which is used 
to describe the state of aggregative 
fluidization) can be correlated as func- 
tions of the operating variable and the 
characteristics of the bed and parti- 
cles. The following dimensionless 
equations were derived from data ob- 
tained: 

( Dp 1 pp )-"" 
IBI = 5.492 X lo9 - 

(D,/D,)3.."5 (Lm, /Dc)0~a4T4  (20) 

Bakker and Heertjes ( 3 )  also pro- 
posed a two-parameter correlation of 
the falling-zone density but indicated 
that only one of the parameters is a 
function of the fluidizing gas velocity. 

The effect of bed composition on 
the values of index A and index B is 
shown in Figure 6. The beds were 
originally at a static height of 6.5 in 
and were composed of various frac- 
tions of 40- to 45-mesh and 80- to 
100-mesh particles. They were fluidized 
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Fig. 4. p d  correlation for 80- to 100-mesh glass beads. 

Page 242 A.1.Ch.E. Journal 

at an air velocity of 60 ft./min. The 
axial density profiles were obtained 
and index A and index B calculated 
for every bed composition. Bed com- 
positions of 0, 2, 5, 10, 50, 90, 95, 98, 
and 100% by weight of 40- to 45- 
mesh glass beads were used. The re- 
sults show that the mixing of particles 
of different sizes affects index A and 
index B significantly only when the 
composition is below 10% or above 
90% by weight of 40- to 45-mesh 
glass beads. Figure 6 indicates that at 
these compositions the axial density 
profiles have the forms closest to the 
ideal fluidized beds. This result is con- 
sistent with the observation of Bailie 
et aI. ( 1 ,  Z ) ,  Dotson (7) ,  and Baum- 
garten and Pigford ( 5 )  on the stabil- 
ity of fluidized beds. 

Effect of Distributor 
Only one type of gas distributor 

(canvas filter cloth) was used in this 
investigation. Groshe (10) studied the 
effect of the distributor using a simi- 
lar experimental technique. He did not 
carry out his investigations of density 
profiles to include the falling zone. 
His results show that for the lower 
region the density remained relatively 
constant for a good distributor but be- 
haved erratically for a poor distributor 
and did not remain constant. This in- 
dicates that the' two-zone model does 
not represent the physical situation 
when poor distribution of the gas is 
obtained. 

Determination of the Fluidized 
Bed Height 

The behavior of gas-solid fluidized 
beds observed in this work deviated 
considerably from the behavior of an 
ideal expansion of a packed bed. The 
particles were not as uniformly sus- 
pended in the bed as is usually ob- 
served in most of the liquid fluidized 
beds. The two-phase model for gas- 
solid fluidization is only a very ap- 
proximate one. Actually there was no 

2 

rn 

0 01 
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Fig. 5. Dimensionless correlation for variance 
falling-zone density. 
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Fig. 8. Dimensionless correlation of friction factor with bed Fig. 6. Effect of bed composition on indices A and B. 

distinct phase which could be defined 
as a bubble phase consisting of purely 
gases, nor was there a dense phase 
consisting of uniform emulsion of par- 
ticles. The bubbles, formed by gas and 
held in the pore spaces between solids, 
grow in size as they rise from gas 
distributor toward the top of the bed, 
and finally burst near the position cor- 
responding to the static bed height. 
The small-size particles suspended in 
the air stream were fluctuating and 
weaving at the top of the bed, and the 
disperse phenomenon dominated the 
top of the bed. Therefore the fluidized 
bed height could not be measured 
visually. This was also pointed out by 
Groshe (10) in his work. 

Three methods can be used to de- 
fine the fluidized bed height. 

1. End point of density profile: 
Point the density of the bed goes to 
zero. This corresponds to the maxi- 
mum height observed visually. 

2. Cross point of the density pro- 
file: Point the ideally expanded bed 
profile crossed the actual density pro- 
file. This is shown as a dotted line on 
Figure 3. The particles are assumed to 
be uniformly distributed below this 
height, and the significance of the 
portion above this to the over-all per- 
formance of the bed is considered 
negligible. This height, as defined, 
should signify the bed, though ag- 
gregative, as a particulate one. 

3. Height determined by 11s meth- 
od: The index of stability (IIS), as 
proposed by Bailie et al. ( 1 ,  2 ) ,  is a 
measure of the magnitude of the fluid- 
ized bed density fluctuations. The 
breaking point or point of maximum 
instability may be used to define the 
fluidized bed height. This corresponds 
closely to the height determined by 
method 2. 

In the calculation for reactor con- 
version the bed height defined in ( 2 )  
and (3) should give a more realistic 
picture, since the insignificant part of 
the disperse phase is neglected in this 
consideration. 

The fractional fluidized bed expan- 
sion is plotted as a function of super- 
ficial air velocity with L, , /D,  as the 
parameter for bed heights as defined 
by method 1 in Figure 7. Figure 7 
shows a linear relationship consistent 
with data presented by Minit et al. 
(1 6). Method 2 deviated considerably 
from a linear relationship. 

Pressure Gradient Correlations 

A typical pressure drop flow diagram 
obtained in this work resembled in 
shape the pressure drop flow diagram 
for ideally fluidizing systems (13) ; 
that is the pressure drop became es- 
sentially just the weight of the bed per 
unit cross section just beyond the 
minimum velocity of fluidization. This 
indicates that the tube-bundle theory 
(6) developed for the study of the 
pressure drop through a packed bed 
may be applied analogously to the 
analysis of the pressure gradient in the 
present fluidizing systems, provided 
the fluidized bed height can be cor- 
rectly determined. Since the pressure 
drop hP remained constant but the 

1.1 , 
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Fig. 7. The fractional fluidized bed expansion 
from height determined by method 1. 

height determined by method 2. 

bed height increased at air flows be- 
yond the minimum fluidizing velocity, 
the pressure gradient AP/L decreased 
with the increase in air velocity. 

In Figure 8 the pressure gradients 
AP/L are correlated in a form of fric- 
tion factor f k  originally proposed (8) 
for correlating the pressure drops 
through packed beds against the modi- 

fied Reynolds number NBe' = - . 
I 

. The numerical values of the 
1--e 
pressure gradient AP/L for fluidized 
beds depend on the definition of fluid- 
izing bed height used. The correlation 
obtained with height determined by 
method 1 yields curves that resemble 
the Ergun equation for packed beds 
(6) and with bed height determined 
by method 2, the Blake-Kozeney 
equation. In both cases the effect of 
particle D, appears to be more pro- 
nounced than indicated by the corre- 
lations proposed for packed beds. 

The results of the dimensionless 
analysis and modifications as suggested 
by the previous workers (11) lead to 
the form 

DP V P F  

P 

c(!??+-) 1 "  
1--E 

where the constants, a, b, and c can 
be evaluated from the experimental 
data with the height of fluidized bed 
defined by methods 1 and 2 .  

With the height defined by method 
1: 

D, - goAP 
- --. -. -- 
- L 1 - E  p , . v z  

(9.028 X 10') ( D,pFV - . -) 1 
p I - - €  

(;;>"""5?)"" ( 2 2 )  
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With the height defined by method 2: 

(8.80 x 10‘) (- . 
p 1 - E  

Equation (23) is plotted in Figure 8. 
The height determined by method 1 
gives more scattered correlation than 
that determined by method 2. It may 
be concluded, in the proposed dimen- 
sionless correlation of pressure gradi- 
ent through fluidized bed, that the 
height determined by method 2 gives 
more consistent result than that de- 
termined by method 1. 

DISCUSSION AND CONCLUSIONS 

Many studies of heat and mass 
transfer in packed beds have appeared 
in the literature. Investigators in the 
field of fluidization have attempted 
packed bed types of correlations in the 
study of fluidized bed reactors but 
encountered difficulties due to the non- 
uniform particle distribution through- 
out the bed. The reacting gas flowing 
through the fluidized bed is not only a 
tortuous flow through the constant 
void space as in packed beds, but in 
addition it is affected by the impacts 
between particles and the interaction 
between particles and the flowing 
medium. A quantitive measurement of 
the complexity of the flowing pattern 
in the fluidized bed is therefore im- 
portant. The mass and heat transfer in 
the fluidized bed is governed by the 
surface area and the movement of par- 
ticles in the bed. Data have shown 
that the transfer is better in the loca- 
tions where the solid particles are 
dense and are constantly circulating. 

Mickley et al. (14) in their study 
of heat transfer for gas fluidized beds 
conclude: “The local time-mean wall- 
to-bed heat transfer coefficient varies 
with the axial position of heat transfer 
surface, decreasing above the bottom 
of the bed. On the other hand, the 
local coefficient is not significantly in- 
fluenced by total height of the bed.” 
This observation is at least in qualita- 
tive agreement with the observation 
made in this work for the axial particles 
distribution profiles. 

Shirai et al. (17) drew the same 
conclusion in studying the axial dis- 
tribution of heat transfer coefficients. 
The axial distribution of particles-to- 
fluid heat transfer coefficients obtained 
by them is almost identical in shape 
to the axial-density profile obtained in 
this work. 

The two-zone concept of fluidiza- 
tion appears to represent the physical 
picture of the axial-density profile for 
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a fluidized bed under most operating 
variables studied. The model holds 
particularly well for beds with a good 
gas distributor and low velocities. For 
high gas velocities and poor distribu- 
tors, that is very poor fluidization, the 
model begins to break down. The 
close relationship between the axial 
distribution of the heat transfer coeffi- 
cient and the axial-density profile sug- 
gests that the study of the two-zone 
density profile of fluidized beds will 
help in understanding heat and mass 
transfer mechanism in the fluidized 
bed. 

NOTATION 

constant, dimensionless 
projected area of y-beam 
path, La 
build-up factor 
index of fluidized bed, di- 
mensionless 
index of fluidized bed, di- 
mensionless 
constant 
inner diameter of fluidized 
column, L 
diameter of particle, L 
friction factor, dimensionless 
volumetric air velocity, L3/6 
volumetric bubble velocity, 
L”6 
conversion from force to 
mass, rnL/FBE 
volumetric velocity of mini- 
mum fluidization, L8/B 
height above the distribu- 
tion in bed, L 
fraction of photons remain- 
ing in the beam after passage 
through absorber of thick- 
ness d, dimensionless 
height of fluidized bed L 
static (onset) height of bed, 
L 
total particle weight in bed, 
m 
weight of particles fluidizing 
above L,,, m 
weight of particles fluidiz- 
ing below L,,, m 
Reynolds number, V p F D p /  
p, dimensionless 
modified Reynolds number, 
V ps D p / p .  L / 1  - E ,  dimen- 
sionless 
pressure drop through fluid- 
ized bed, F/L” 
cross-sectional area of the 
fluidized bed, L’ 
part of cross-sectional area 
of the fluidized bed, L’ 
superficial air velocity, L / e  
average linear velocity of 
bubbles, L / e  
minimum velocity of fluidi- 
zation, L/8  

A.1.Ch.E. Journal 

Volo = the volume occupied by 

Vole, = volume of particles fluidiz- 

Greek Letters 

em, 

bubbles below L,,, Ls 

ing above L,,, L3 

E = porosity of the fluidized bed 
= porosity of the fluidized bed 

at onset fluidization, dimen- 
sionless 

= fluidized bulk density, m/L3 
= fluidized bulk density at  the 

position corresponding to the 
static bed height, m/L3  

P‘l = average line density in the 
constant density zone, M/L3 

P F  = density of fluid, M/L” 
p m r  = fluidized bulk density at on- 

set fluidization, M/L3 
ppa = bulk density of bed at packed 

state, M/L3 
Pa = density of solid particle, 

M/L” 
U” = variance 
CL 
y, = absorption coefficient, L-’ 
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